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Abstract

Background: In this research work, a coupled heat and mass transfer model was developed for salt recovery from
concentrated brine water through an osmotic membrane distillation (OMD) process in a hollow fiber membrane
contactor (HFMC).The model was built based on the resistance-in-series concept for water transport across the hydro-
phobic membrane. The model was adopted to incorporate the effects of polarization layers such as temperature and
concentration polarization, as well as viscosity changes during concentration.

Results: The modeling equations were numerically simulated in MATLAB® and were successfully validated with
experimental data from literature with a deviation within the range of 1-5%. The model was then applied to study the
effects of key process parameters like feed concentrations, osmotic solution concentration, feed, and osmotic solution
flow rates and feed temperature on the overall heat and mass transfer coefficient as well as on water transport flux to
improve the process efficiency. The mass balance modeling was applied to calculate the membrane area based on
the simulated mass transfer coefficient. Finally, a scale-up for the MD process for salt recovery on an industrial scale
was proposed.

Conclusions: This study highlights the effect of key parameters for salt recovery from wastewater using the mem-
brane distillation process. Further, the applicability of the OMD process for salt recovery on large scale was investi-
gated. Sensitivity analysis was performed to identify the key parameters. From the results of this study, it is concluded
that the OMD process can be promising in salt recovery from wastewater.

Keywords: Hollow fiber membrane contactors, Osmotic membrane distillation, Salt recovery, Membrane
crystallization, Heat and mass transfer modeling

Introduction

Industrial wastewater effluents contain a large variety of
useful chemical compounds. For example, effluents from
the textile, metal, and petrochemical industries typically
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then be recycled back to perform industrial operations.
Moreover, a continuous increase in salt concentration
in wastewaters can cause environmental issues such as
eutrophication or increased soil alkalinity, hence affect-
ing cultivation land [1].

The study on the efficient recovery of inorganic salts
from wastewater effluents is considered as a focusing
area during the past decade. Different conventional tech-
niques have already been implemented for this purpose,
such as electrolysis, reverse osmosis, nanofiltration, ion
exchange membrane processes, and evaporation [2—4].
However, most of the mentioned treatment techniques
are expensive and involve complex processes that lead to
solids in sludge form, which can be difficult to reutilize.

For salt recovery, crystallization is commonly used
because it provides a very high-quality product with a
high recovery rate. In the literature, several crystalliza-
tion techniques have already been implemented for salt
recovery from wastewater [5, 6]. Among these, osmotic
membrane distillation (OMD) is a promising technique
because of the following advantages: (1) it can yield
highly concentrated streams; (2) it can be operated at
room temperature; and (3) a well-controlled supersatu-
ration takes place [6-9]. Hollow fiber membrane con-
tactors (HFMC) are commonly used to carry out OMD
operations. HFMCs are the preferred choice over flat
sheet membranes in OMD operation because they pre-
sent high specific areas per unit volume, easy scale-up,
and low manufacturing costs. HFMCs allow a non-dis-
persive contact between two phases due to the hydro-
phobic nature of the membrane without intimate mixing.
The membrane used is hydrophobic to avoid any mem-
brane wetting due to the presence of aqueous streams in
boundary layers. During this process, water evaporates
at the pore entry of the membrane from the feed side
and is transported through its pores either by Knudsen
or molecular diffusion and then condenses at the perme-
ate side. The transport gradient between the two sides
occurs due to the difference in chemical potential caused
by water activity, pressure, or temperature gradients [10—
12]. Because the transfer of water occurs from the feed
to the permeate side, the feed stream is concentrated. In
the OMD process, crystallization occurs when the feed
solution reaches supersaturation. The hydrophobic mem-
brane surface allows heterogeneous nucleation and crys-
tals are continuously driven away by the flow of the feed
solution. Crystals can further grow when coupled to a
crystallizer [9, 13, 14].

Sodium carbonate (Na,CO;) is commonly found in
wastewater effluents coming from the sodium hydrox-
ide-based CO, capture process, which is an essential
step to control CO, emission [15]. The recovery of
Na,COj, is necessary so that the process is economically

Page 2 of 18

viable; therefore, evaporation and crystallization are
usually applied in the chemical industry to recover
solid Na,CO, from wastewater [16]. Recently, mem-
brane contactors appear as an alternative technique
that can replace both conventional evaporation and
crystallization operations because of their adaptability
and low energy consumption [17]. The current research
work focuses on the concentration of Na,COj solution
till the saturation point, using OMD through a mode-
ling and simulation approach.

Modeling and simulation are relatively cheaper, robust,
and fast techniques as compared to the experimen-
tal methods, and if the model parameters are carefully
estimated, the validated model can be used to replicate
the experimental data and predict the scaling up of the
process. Mass and heat transfer modeling of HFMCs is
inevitable to study the concentration and flux profiles,
to investigate the solute transport, to categorize the con-
trolling resistance, for the optimization of the process
operating parameters, and to scale up the process [13].
Scale-up of HEMC has not been widely studied for OMD
in salt recovery during crystallization. More theoretical
and simulation investigation is required to encourage the
entrepreneurs to utilize HFMCs for the selected applica-
tion at a large scale.

Different approaches are used to model the OMD
process, however, the resistance-in-series (RIS) model
approach is a widely applied and acceptable technique to
predict water transport flux through the membrane [18—
21]. Most of the models used in literature based on the
RIS model have not considered temperature/concentra-
tion polarization effects. Similarly, the effect of physical
properties was considered constant during the concen-
tration process. Ahmad et al. [13] studied the RIS model
for osmotic membrane evaporation of fruit juices and
found that physical properties like viscosity and density
variations during the process had a significant effect on
water flux. Ni et al. [22] studied the effect of tempera-
ture polarization in direct contact membrane distillation
for NaCl concentration and observed that temperature
polarization was enhanced with the increase of feed tem-
perature and the decrease of feed and permeate velocity.
Similarly, Lou et al. [23] investigated coupled tempera-
ture and concentration polarization in the membrane
distillation treatment of brines with the help of the CFD
heat and mass transfer model and observed the effect of
coupled temperature and concentration polarization.
Salmon et al. [24] experimentally applied the concept of
OMD for the crystallization of inorganic salts using two
HFMC in series. In another similar study, Salmon et al.
[25] described the experimental and theoretical analysis
of mass and heat transport of inorganic species during
the OMD process.
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In the current research work, an RIS model coupling
heat and mass transfer resistances was adapted to model
HEMC for the recovery of inorganic salts from the brine
solution via OMD operation. The model incorporates the
effect of concentration polarization in the feed side as
well as the osmotic solution side. An aqueous stream of
Na,CO; was taken as an inorganic salt. The model was
successfully validated with experimental data under the
same operating and module geometrical conditions from
the literature [25]. The effects of temperature/concentra-
tion polarization of water flux were studied through the
simulation of the developed model. Finally, the feasibil-
ity of large-scale OMD operation for recovery of Na,CO,
was studied by estimating the required membrane area
for industrial conditions which provides an insight into
the mass and heat transport phenomena and their impli-
cations in scale-up OMD-based HFMCs.

Studied system

The once-through HFMC-based OMD experimental
setup studied in the current work for the salt recovery is
shown in Fig. 1 [13]. For the crystallization of Na,COs,
a commercially available HFMC was used (specifications
are provided in Table 1). Two peristaltic pumps circu-
lated the feed stream (aqueous solution of Na,CO;) and
the osmotic stream (aqueous solution of NaCl) from
their respective reservoirs to the HFMC module in a
counter-current mode. The feed stream was circulated
inside the lumen side of the membrane while the osmotic
stream flowed in the shell side. The initial concentration
of Na,CO; in the feed stream was varied from 0 to 200 g
L™}, while the concentration of the osmotic solution
varied from 0 to 300 g L', The feed and osmotic flow
rates were maintained between 0.90-30 and 3-84 L h™},
respectively. The temperature of the osmotic solution was
kept constant at 293 +1 K while the feed stream temper-
ature was varied between 293 and 313 K. However, all the
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Table 1 Characteristics of HFMC [25]
Parameters Data
Membrane material Polypropylene
Fiber ID/OD (um) 240/300
Membrane thickness (um) 30
Membrane porosity (%) 40
Effective fiber length (m) 0.16
Number of fibers (-) 10,200
Effective membrane surface area (m?) 14
Specific surface area of the membrane module (m? m™3) 2000
Effective pore size (um) 0.04

conditions were kept constant during a single course of
the experiment.

Theory
The RIS model considered three major resistances to
heat and mass transfer for water transport, i.e., feed side
(fiber) boundary layer resistance (kﬁ hf), resistance within
the membrane pores (k,, /,,) and osmotic solution side
(shell) boundary layer resistance (k,, #,). A simplified
schematic of the HFMC module and all the transport
resistances are shown in Fig. 2.

The model developed for the OMD process was based
on the following assumptions [10, 26, 27]:

i. The feed and osmotic streams were recirculated in

recycled mode.

ii. Steady-state conditions for mass/heat transport in
HEMC are taken.

ili. Water vapor transport across the membrane was
based on the RIS for mass and heat transfer.

iv. The RIS model was applied to the identical concen-
tric “flow-cell” concept.

L Recycled to F
B D

[ A \

membrane module, F: osmotic solution tank

S

Fig. 1 OMD crystallization setup adopted from Salmon et al. [25]. A: feed tank, B: water bath, C: thermometer, D: peristaltic pump, E: hollow fiber
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Fig. 2 a Hollow fiber membrane module operating in counter-current mode: fibers (feed solution), shell (osmotic solution); b resistance in the

series model for heat and mass transfer

v. The concentration profile in all of the fibers (flow-
cells) is the same.

vi. Pore size and wetting characteristics are uniform
throughout the membrane and fibers (flow-cells).
vii. The membrane is entirely hydrophobic and mem-

brane wetting is negligible.

viil. Mass transport within the membrane occurs only
in vapor form due to the hydrophobic nature of the
membrane.

ix. Dispersion-free transfer of species takes place
through a combined phenomenon of convection
and diftusion.

x. Uniform mixing occurs within the feed as well as

osmotic solution reservoirs.

The concentration of the osmotic solution remains

constant throughout the experiment, and hence

the dilution effect is neglected.

Xi.

xii. The initial temperature of feed and osmotic streams

was kept constant during the experiment.

In the RIS model, the mass and heat transport of water
vapors can be expressed by Egs. (1) and (2), respectively
[13, 28]:

Jw = Koy (P}‘af - P ﬂos); (1)

q= UATy, (2)

where ], is the water vapor flux through the membrane
(m*m~2s7h, P and P, is the vapor pressure of the salt
solutions in feed and osmotic solution (Pa), respectively.
ar and a,s is the activity of feed and osmotic solutions,
respectively. Ky, is the overall mass transfer coefficient
(m s7! Pa™1), calculated by the RIS integrated approach
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(Eq. (15)). Similarly, g is the total heat transfer flux (W
m~2); U is the overall heat transfer coefficient (W
m~2 K1) and ATy is the temperature difference between
both sides of the membrane (K).

All physical properties such as density, viscosity, ther-
modynamic activities, and vapor pressures of the solu-
tions are temperature and concentration-dependent and
their variations during the concentration process influ-
ence the mass transfer coefficients and ultimately, the
water flux through the membrane. Therefore, these prop-
erties were considered as variables in the model and cal-
culated from the correlations, via Egs. (30-33).

Mass transfer coefficients

Feed side mass transfer coefficient

The feed solution is passed through the lumen side of
the HFMC module because the shell side is more prone
to clogging at high concentrations [11, 18]. Mass transfer
coefficient at the feed side (kr), as described by Eq. (4),
was calculated from Sherwood correlation considering
the single fiber of the HFMC module [12, 25]:

4\ 033
Sh = 0.66Re%>Sc%33 <l‘> , (3)
o — ShDy¢ 4
f = di ’ ( )
ved;
Re = M’ (5)
Hf
Hf
S¢c = ——,
oDy (6)

where Sh, Re, and Sc denote the Sherwood, Reynolds,
and Schmidt numbers (dimensionless), respectively; di
(m) stands for the inside diameter of lumen (m), oy for
the density (kg m™), wuy for the viscosity (Pa s) of the feed
solution. Likewise, v¢ and D denote the velocity (m s™*)
of the feed through the fibers, and diffusivity (m* s™*) of
Na,COs in water, respectively.

Osmotic solution side mass transfer coefficient

The osmotic solution was passed through the shell side of
the HFMC module. The mass transfer coefficient at the
shell side (ko5) was calculated from Eq. (7), an application
of the Sherwood correlation [14, 19] (Eq. (8)):

ShDos

kos = d, (7)
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dy(1 —
Sh= 5.8Re0'6Sc0‘33(h( l ¢)>, 8)
Re — ,OosVosdh’ (9)
Mos
Mos

Sc =

¢ pDSDOS (10)

Here D, is the diffusion coefficient of salt (NaCl) in
the osmotic solutions (m?s™!), dj, is the hydraulic diam-
eter (m); / is the length (m) and ¢ is the packing density.

The diffusion coefficient D; (m? s™') of species in
water was calculated using the Wilke—Chang [29]

(Eq. (11)).

b 74x 10-8(ppMp)2 T

1
A

, (11)

where ¢p is the association factor of water in salt solu-
tion; wp is the viscosity of water in salt solution (kg
m~! s71); V, (m® mol™) is the molar volume of species
at the boiling point; M is the molecular weight of solvent

(kg mol™1).

Membrane mass transfer coefficient

Mass transfer of water vapors through the pores of
the membrane was mainly due to Knudsen diffusion
(Knudsen number (Kn) for this study was 2.5 which
confirms Knudsen regime flow). Thus, the mass transfer
coefficient was estimated by applying Eq. (12) [30]:

1 DYDY M
kpy = — Owim - 12)
RT DW—H +p61DW 8
2€er, |8RT
Dk =2—-"2 /27" 13
v 3t aM (13)
DY, =—2775x 107° 4 4.479
x 10787 4 1.656 x 1071972, (14)

Here, D{j/ (m? s71) stands for the water Knudsen diffu-
sion coefficient, DY, (m? s™') for the water—air diffusion
coefficient, T (K) for the temperature along the mem-
brane, p, (Pa) for the partial pressure of air in the pores, t

1

for the tortuosity of the membrane (1’ = E>' € for the

porosity of the membrane, § (m) for the thickness of the
membrane, r, (m) for the pore radius (2 x 107%), M (kg
mol™!) for the molar mass of water. Similarly, R
(8.314 ] mol~! K1) denotes the universal gas constant.
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Thus, the overall mass transfer coefficient as described
in Eq. (1) is estimated by the following correlation as
described by Eq. (15) [31] (m s™):

1
(Posfig) + (V) + (o)

where P .  and p;, . (Pa) are the pure water vapor pres-

Koy =

(15)

sures at the osmotic solution and feed solution side of the
membrane, respectively. k; k,,, and k,; (m s7' Pa™!) are
mass transfer coefficients in the shell (feed) side, within
the membrane, and in the fiber (osmotic solution),
respectively.

The relationship between the vapor pressure of water
(P, in mmHg) and the temperature of the solution (°C) is
empirically given by Eq. (16) [32]:

8.07131— (1730‘63/(233.426 + T)) (16)

P* =10

Concentration polarization

The concentration polarization is described by the crea-
tion of polarization (boundary) on either side of the
membrane surface due to solute accumulation. The con-
centration polarization effects are considered significant
on flux decline during the OMD process [33, 34]. The con-
centration at the feed—-membrane interface as well as the
osmotic solution—membrane interface can be obtained
using the film theory (Eq. (17)) [35]:

Jud
Coni = Cb,iexp< D”{“p‘>, (17)
M

where the subscript i can be feed or osmotic solution.
Boundary layer thickness (BLT) denoted by § (m) is
unknown and can be estimated from Eq. (18) according
to the film-diffusion mass transfer coefficient and Sher-
wood number:

D;

=1,
k;

(18)
where D, is the diffusion coefficient (m* s™!) (feed or
osmotic agent) calculated from Eq. (11) and k; is the mass
transfer coefficient (m s™*) (feed or osmotic agent).

Then, the concentration polarization coefficient (CPC) at

the feed as well as osmotic solution side is calculated from
Egs. (19) and (20) [36]:

Couf
(CPC); = Gy (19)

Page 6 of 18

(20)

Heat transfer coefficients

Feed, as well as osmotic solution side heat transfer coeffi-
cients (h, W m~2 K™') were estimated using Egs. (21-23)
[25, 37]:

Nuk;
h= ;{ -, (21)
1
'\ 0.33 N 0.14
Nu =186 (Re Pr d‘) <“‘> 22)
l 1237
Cpu
Pr = ;:;f’ (23)

where Nu and Pr denote the Nusselt and Prandtl num-
bers (dimensionless), respectively; k; is the thermal
conductivity of the fluid (W m™ K™); d; (m) is the char-
acteristic length for the feed (fiber side). Similarly, d, is
the hydraulic diameter for the osmotic solution shell side.
u and w,, are the viscosities of the salt solutions (feed or
osmotic solution) and pure water, respectively. C, is the

heat capacity (J K™).

Membrane side heat transfer coefficient

Heat transfer through the pores of the membrane takes
place due to conduction in the form of sensible as well as
latent heat when water vapors diffuse through the pores
of the hydrophobic membrane [19]:

ok kgt (ks

h , 24
c= 5 (24)
JwAH,
h = 5
VAT, (25)

where k,, k, k; are the thermal conductivities of the
membrane, the air, and the solid phase of the membrane,
respectively (values taken from the literature [38]); AH,
is the latent heat of vaporization (J kg™'); AT, is the tem-
perature difference (K) among the temperature near the
membrane wall on the feed side (wa) and the osmotic
solution side (7),,); 8 is the thickness of the membrane,
and € is the porosity of membrane.

Temperature polarization

The temperature polarization would also contribute to
the reduction of driving force which ultimately reduces
the transmembrane flux. The decline in the driving force
due to temperature polarization can be estimated by the
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temperature polarization coefficient (TPC) [33, 34]. The
temperature polarization effect on water transport flux
is evaluated by calculating the temperature at the mem-
brane—fluid interface on the feed as well as on the osmotic
solution side (Egs. (26—-28)). Then, using Eq. (28), the tem-
perature polarization coefficient (TPC) was calculated [19]:

ATy = Ty, — Ty, (26)
1
hy
Ty =Ty — (Tf - Tp) 1 1 T (27)
R T
1
3
Typw = Tp + (Ty — T)) 11| (28
etk T n Tw,
TPC = 2T
T T -1, (29)

Physical properties of feed and osmotic solutions

Density and viscosity correlations for the feed solution con-
taining Na,COj as a solute in the range of 293-323 K and
concentrations ranging from 1 to 6 mol kg~! were calcu-
lated by the correlations found in the literature [39]:

4.3 eNitl/
p(T,c)=p(T,0)ZZdi/(;*) (T*> (30)

i=0 j=0

LS enift Y
n(T,c) = n(T,O)(1+ZZﬂ7(C:) <T*> » (31)

i=0 j=0

where c*=1mol kg™ }; T*=1K; t=T-273.15 K; p*=1 kg
m~>, d;; and f;; are the correlation constants, their tabu-
lated value can be found in the literature [39]; (T, 0) and
n(T,0) is density and viscosity of pure of water at tem-
perature 7 and at atmospheric pressure.

Density and viscosity of osmotic solution

The correlations developed by Simion et al. [40] were
applied to calculate the density and viscosity of osmotic
solution containing NaCl as a solute in the temperature
range of 293-333 K and concentration range of 1-6 mol
kg™l

3 i
Xp
Psol (X, T) = prH20(T) E Pi(l _XB> ) (32)
i=0
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-3 2068.075
UNact = 1077 x exp (0.3719% C) x exp | ———— ).

T
(33)
In Egs. (32) and (33), X is the mole fraction of NaCl in
the osmotic solution; and C is the molar concentration of
NaCl in the osmotic solution (mol L™1).

Activity coefficient of salts solutions
Activities of aqueous solutions of Na,CO, and NaCl were
calculated from Debye and Hiickel’s model [41]:

In Xywyw) = —msv.Ms |1 — %|Z+Z_|ﬁ5<‘3aﬁ) 4 531:|,
(34)

1= 12,2 1M, (35)
where y,, is activity coefficient of aqueous salt solution
(Na,CO4/NaCl); m, is the molecular weight of solvent
(water in this case: 0.018 kg mol™!) Ms is the molality of
aqueous salt solutions (Na,CO3/NaCl) (1-6 mol kg™h).

|Z1Z_]is the product of positive and negative charges;
I=ionic strength of the electrolytic solution, § = 0.1
|[Z+Z_|; v (no. of cations and ions in electrolyte solution)
=vt4+v7; a,p are parameters dependent on tempera-
ture and are related to the average hydrated radius of
ions, (aB=1 as previously suggested [41]).

Membrane area calculations

One of the practical aspects of applying the membrane
process for salt recovery is based on the required mem-
brane area. In this context, the model was applied to cal-
culate the membrane area required to concentrate feed
solution to the saturation point (216 g L™!) in a single
pass. An overall mass balance for the feed flow rate and
the salt mass balance was applied. Overall mass balance
for the feed side is presented in Eq. (36):

Qﬁyp = Qf,in - Qf,out' (36)

Salt transport balance is presented in Egs. (37) and (38):

eva(o) = Qf,incf,in - Qf,outcf,out’ (37)
Qf,ian,in
Qfout = Crout . (38)

Here, Cr oyt is the maximum concentration of the salt,
after which it cannot be dissolved anymore in the solu-
tion at a given temperature and hence crystallizes (216 g
L) for Na,CO,.10H,O (saturation concentration). So, it
can be written as: Cr oyt = Cr sat.
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Cr.
evp f,in
=Qn(1- .
" Qf'm ( Cf,out) (39)
Inserting Eqs. (1) and (40), the area of the membrane
required for the concentration of salt from the initial
concentration (Cy,) to the saturation concentration
Cf sat. can be calculated according to Eq. (40):

A= ‘i/vp _ Qf,in (1 _ Cf,in >
v K, (Pf* a — P as) Csat.

(40)
where Q},* is the water removal rate (L h™); Qyin is the
inlet flow rate (L h™); Qf out is the feed outlet flow rate (L
hY); Cy in is the feed inlet concentration (g L7Y; Crout is
the feed outlet concentration (g L™!).

Simulations and model algorithm

The developed model equations were solved in MAT-
LAB® 2017 for the water flux through the membrane
pores. The simulation algorithm was developed as shown
in Fig. 3. The simulation was started with the initial
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values of feed (50 g L™') and osmotic agent (100 g L™)
concentration, and temperature (293 K) values as a first
estimate to calculate initial water flux. Then, the iterative
loops were used to update the water flux till the desired
iterations were achieved. The accuracy was set to 10~ for
a single loop with a total number of iterations reached
200 to reach the desired accuracy. Finally, the scaling
up of the process was proposed by calculating the total
membrane area required for large-scale operations using
the mass and heat transfer coefficients calculated in this
study.

Results and discussion

Model validation

The simulation results for water transport flux across the
porous membrane as a function of feed as well as osmotic
solution were validated with the experimental results
taken by Salmon et al. [25] under the same operating and
module geometrical conditions. In both cases (experi-
mental as well as simulation), the transmembrane water
transport flux was studied as a function of species con-
centration in the feed and osmotic solution streams. It

Initial guess:
Tf,b = Tf,mQ Tosp = Tos,m> Cf,b = Cf,m§ Cosp = Cosm

A 4

Determine
P Pnoss Coufs Cimyos

Calculate
J from Eq. 1
P
v
Calculate Heat and Mass transfer coefficient
he; b hoss g5 ks os

Calculate
T s Tosms Chms Com

Calculate Undate:
P]f,m; Posm; a;,m; Qom )/ p._a]e*
Calculate hd ; d

No

Propose Scale up
Membrane Area
calculations

Fig. 3 Simulation algorithm for heat and mass transfer modeling in OMD
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can be seen from Fig. 4a and b, that in both cases (feed, as
well as osmotic solution concentration, runs), simulation
results are in good agreement with experimental data
tested with the maximum deviation of 7%. The reason
for this deviation could be attributed to the assumptions
taken during model development, such as the single-fiber
approach or the activity correlations used for the physi-
cal properties of the salt solutions. Experimental errors
could also contribute to explain this deviation. Neverthe-
less, the simulated water transport fluxes were also in the
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range as studied by Luis et al. [42] for the similar inor-
ganic salts recovery using brine solution in OMD pro-
cesses. Later, the model was applied to study the effect
of main parameters like feed and osmotic solution flow
rates, feed temperature, the effect of the hydrodynamic
boundary layer as well as temperature and concentration
polarization on transmembrane water transport flux.
Table 2 gives a comparison between the present work
and some of the previous works performed on membrane
crystallization for the recovery of various salts. One point
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Table 2 Comparative analysis of the present work with literature

Operating conditions Water flux (Lm™2h~") Ref.

Feed Crystal product Membrane Pore size (um)
NaCl solution Nacl PVDF 0.0082
Solution with NaCl, NaCl and MgSO,.7H,O PP 0.2
CaCl,, MgCl, and
MgSO,
Solution with NaCl, NaCl, CaCO3, Na2CO; PP 02
CaC03, Na,CO; and and MgSO,
MgSO,
Solution of NaCl Nacl PVDF -
Na,SO, solution Na,SO, PVDF 0.22
Na,COj; solution Na,CO; PP 0.04

NaCl concentration: 250 g L™ 0.86-2.77

Temp: 20 °C

NaCl solution flowrate: 9.44
m>h~!

NaCl concentration:
50-350 kg m~3

Temp: 40 °C

Brine concentration: -
68-215g L~

Feed temp: 35 °C

Feed flowrate: 75-532
m> hr!

(14]

0.25-0.45 [7]

NaCl concentration: 264 gL™'  0.8-84
Temp: 40-70°C
NaCl solution Flow velocity:

05ms™!

Na,SO, concentration: 284 g
L—W

Temp: 40-70 °C

Na,SO, solution flow velocity:
0057 ms™"

Na,CO; concentration:
50-200g L~!

Temp: 40-70 °C

Na,COj solution flowrate:
0.0012-0.003 m*h~!

1.9-11.87

0.027-0.151 Present work
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should be kept in mind, that the efficiency of the mem-
brane crystallization process largely depends on the type
of salt to be recovered, membrane module, membrane
characteristics, and the operating parameters. The lower
water flux in the present work can be mainly attributed
to the lower pore size of the PP membrane, as well as
the large molecular size of Na,COjy crystals, that causes
hindrance to the transfer of water molecules. Another
reason is the lower feed flowrates used in this study as
compared to the previous ones.

Vapor pressure profiles at the feed as well as osmotic
solution side

The vapor pressure profiles shown in Fig. 5 were plotted
based on Raoult’s law. The vapor pressure was consid-
ered as the function of concentration and temperature.
From Fig. 5, it can be seen that due to relatively low
feed concentration (100 g L") and higher temperature
(313+1 K), the vapor pressure is higher in comparison
to the osmotic solution side, having a higher concentra-
tion (300 g L™!) and low temperature (29341 K). This
difference in concentration and temperature between
feed and osmotic solutions causes the gradient for the
vapor transport across the membrane from the feed side
to the osmotic solution side. However, it should be noted
that at the feed—-membrane interface, the vapor pressure
tends to decrease due to concentration and temperature
polarization effects (these effects are discussed in detail
in " Effect of process parameters on overall" section).
Furthermore, it can be observed that there is a sudden
jump in the vapor pressure, which indicates the vapor
pressure of pure water at the membrane pore entry (due
to the hydrophobic nature of the membrane). Similar
trends were also observed at the membrane—osmotic
solution interface. This difference between the vapor
pressure of pure water at the membrane pore entry and

4500

] S—
4000

©
=1
@ 3500
=
g
5 3000 Feed Osmotic
5 solution solution
g 2500
e 1
[
S 2000
s
1500
150 200 250 300 350 400
Radial distance (um)
Fig.5 Activity profile; G, =100g L™, Cyy,,=300g L™;

T=313K£1,T,;=293K+1.Q=18Lh™",Q,,=27Lh""

Page 10 of 18

the solution vapor pressure at the membrane interface
(termed as vapor pressure lag) is very critical for practi-
cal applications of the OMD process. The lower the value
of the vapor pressure leg, the higher will be the process
efficiency.

Effect of species concentration in feed and osmotic
solution streams

Simulation runs were performed to study the effect
of species concentration in feed and osmotic solution
streams on transmembrane water transport flux. Results
of water flux vs species concentration in feed and osmotic
solution are shown in Fig. 6. It can be observed from
Fig. 6a, that with varying feed concentration from 50 to
200 g L™, the water transport flux was decreased by 50%.
The decrease in water flux was related to the fact that,
for an increase in feed concentration, the water activity
at the feed side was decreased, and hence, the gradient
for water transport was reduced. Similar trends were also
observed by Salmén et al. [25] and Martinez et al. [14] for
the concentration of Na,COj; in pharmaceutical products
recovery using OMD.

Simulations were performed varying the osmotic solu-
tion concentration from 100 to 300 g L™! to study the
effect of osmotic solution concentration on transmem-
brane water flux. As shown in Fig. 6b, the water transport
flux was enhanced by 200% at a higher osmotic solution
concentration. The increase in flux was due to a decrease
in water activity at the osmotic solution side at higher
osmotic solution concentration. The overall mass trans-
port gradient was thus, increased, resulting in enhanced
water flux. The effects of osmotic solution concentration
were previously studied by Luis et al. [42] and Salmén
et al. [24]. Similar trends of water flux as a function of
osmotic solution concentration were reported in this
study.

Effect of feed and osmotic solution flow rates

on transmembrane water flux

The water transport flux through the membrane was
studied as a function of feed and osmotic solution flow
rates. For both cases, water transport flux was studied at
different solution concentrations. Results are presented
in Fig. 7. It can be observed that in both the cases (feed
and osmotic solution), at very low flow rates (1.2 L h™?),
the transmembrane water flux was minimum. This effect
could be attributed to the formation of a concentra-
tion/temperature polarization boundary layer(s) at very
low flow rates [19, 38]. A hydrodynamic boundary layer
is built, caused by a concentration/temperature differ-
ence between bulk and the membrane surface termed as
polarization. This effect can lead to accumulation of spe-
cies concentration build-up on the membrane surface,
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particularly at high feed/osmotic solution concentra-
tion, consequently developing the salt crystals [46—48].
Polarization effects can be reduced by creating turbu-
lence. From Fig. 7a, it can be seen that as the feed flow
rate is increased from 1.2 to 3 L h™!, the water flux is
enhanced because of the reduction in polarization layer
thickness. At a feed flowrate of 6 L h™%, a steady-state flux
was achieved and a further increase in feed flow rate had
no significant effect on water transport flux. This effect
could be related to a high reduction in the boundary layer
thickness. Indeed, Re calculated for a single fiber (flow-
cell) was between 0.076 and 1.400 for the flow rate rang-
ing from 1.2 to 24 L h™}, ensuring laminar flow conditions

(Re<1) [49]. These results conclude that the flow rate was
not sufficient to further reduce the boundary layer.

For the osmotic solution (Fig. 7b), steady-state con-
ditions for water flux were achieved at high flow rates
than those at high feed flow rates. The complex struc-
ture of shell (flow-cell) and then the polarization effects
are higher for the osmotic solution flow in shell side as
compared to the feed side (lumen side) flow. The effect of
osmotic solution flow rate on water flux was previously
studied by Ravindra Babu et al. [34]. It was observed
that the osmotic solution flow rate enhanced the water
flux for the range of flow rates studied for pine juice
concentration.
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In a nutshell, it can be inferred that at lower feed or
osmotic solution flow rates, the effect of the polarization
layer is higher, and a threshold flow rate should be main-
tained to minimize these effects.

Effect of feed temperature

Feed temperature is a key process parameter in OMD, as
feed temperature directly influences the vapor pressure
at the feed side, creating a vapor pressure gradient across
the membrane. However, its effect on OMD performance
should be studied in detail. The increase in feed tempera-
ture is an energy-consuming step and it is directly related
to overall process cost.

Water flux simulations were performed at different feed
and osmotic solution concentrations to study the effect of
feed temperature. The results for water flux as a function
of feed temperature for various species concentrations in
feed and osmotic solutions are shown in Fig. 8. It can be
observed that when the temperature was increased from
293 to 313 K, the water flux increased linearly because of
the increase in the driving force (vapor pressure increases
at the feed side). It was also noted from Fig. 8a that for
different feed concentrations, the water flux was lower
at higher feed concentration because of the decrease in
the water activity at the feed side. This effect was more
prominent in the temperature range of 293 to 303 K and
became negligible at 313 K. The reason for this effect is
that at low temperatures, the gradient was influenced by
activity changes. However, at higher temperatures, the
pressure gradient dominated the process, and the effect
of feed concentration became negligible. Similar trends
have been observed by Khalifa et al. [21] and Xu et al.
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[50] for direct contact membrane distillation in water
desalination.

On the other hand, for different osmotic solution
concentration simulation runs as shown in Fig. 8b, the
highest flux was achieved with higher osmotic solution
concentration. Due to the lower osmotic activities at
higher osmotic solution concentrations, the vapor pres-
sure gradient across the membrane was enhanced. These
results support the fact that the water flux was directly
affected by feed temperature and that feed concentration
affects the water flux at low vapor pressure gradients.
Nevertheless, an increase in osmotic solution concentra-
tion enhanced the water flux.

Effect of process parameters on overall mass transfer
coefficient

Effect of important parameters like osmotic solution con-
centrations, feed, and osmotic solution flow rates and
feed temperature on overall mass transfer coefficient
(MTC) was also studied. Simulation results are shown in
Fig. 9a—d. From Fig. 9a, it can be observed that with the
increase in osmotic solution concentration, the overall
MTC was reduced. It is indicated that when the osmotic
concentration was increased from 100 to 300 g L7, the
overall MTC was reduced by 40-50%. With the increase
in osmotic solution concentration, the water transport
flux was enhanced, as explained in previous sections,
leading to an increase in the thickness of the polariza-
tion layer either caused by temperature or concentration
changes. Indeed, the concentration polarization coef-
ficient (CPC) was calculated according to Eq. 20, and it
was only between 1.0 and 1.2 for osmotic solution con-
centration values ranging between 100 and 300 g L™
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——Na2CO3 concentration in feed, Cfiin =100g.L-1)
0.12
——Na2CO3 concentration in feed, Cfiin =150 g.L-1)
=
2010 |
5
2008 |
Z
=
5006 |
=
g
2004
0.02 : : : : ,
290 295 300 305 310 315
(a) Feed Temperature, T (K)
L™"; For (b): feed concentration G, =150g L™

——NaCl concentration in osmotic solution, Cos,in=100 g.L-1)

——NaCl concentration in osmotic solution, Cos,in =200 g.L-1)

e
=
]

NaCl concentration in osmotic solution, Cos,in=300 g.L-1)

e e
=) =)
T T

Water flux, Jw (L.m-2. h-1)
S
(]

0.06 | -

oor L —

0.02 ! ! . . d
290 295 300 305 310 315
(b) Feed Temperature, T (K)

Fig. 8 Water transport flux as a function of feed temperature. Conditions: Q= Q,,= 18 L h™', For (a): osmotic solution concentration, Cy,;, =300 g




Ahmad et al. Environ Sci Eur (2021) 33:81 Page 130f 18
40E-11 SOE-11 r
. N X ——Na2CO3 concentration in osmotic solution, Cf,in=100g.L-1)
35611 - ——Na2C03 in osmotic solution, Cf,in=100g.L-1)
’ L X X X 40E-11 + ~——Na2CO3 concentration in csmotic solution, Cf,in=150 g.L-1)
30E-11 b ~—Na2CO3 concentration in osmotic solution, Cf,in=150g.L-1) :
I~ L ic solution. CEi A~ < Na2CO3 concentration in osmotic solution, Cf,in =200 g.L-1)
é 256-11 F —Na2CO3 concentration in osmotic solution, Cf,in =200 g.L-1) é 30511 |
P %
E 20E-11 | E
o O 2.0E-11
S 1sen t g
1.0E-11 | 1.0E-11 +
SOE-12
0.0E+00 : : : : .
0.0E+00 L L L
100 150 200 250 300 290 295 300 305 310 315
(a) NaCl concentration in osmotic solution, Cos,in (g.L-1) (b) Feed Temperature, T (K)
4.0E-11 - 7 6.0E-04
40E-11 —MTC —BLT 7 6.0E-04
1 5.0E-04
— 1 s.08-04 3.2E-11
2 1 4.0E-04
_ _— 1 4.0E-04 & 24E-11 z
T 2461 | n 1 3.08-04 €
3 130804 B &g | 2
E L6E-11 | 5 e { 2.0E-04
O 1 20E-04 3 s SOE.12
> Sl | 1 1.0E-04
80E-12 1 { 1.0E-04
0.0E+00 T T T T 0.0E+00
0.0E+00 . L L L 0.0E+00 0 10 20 30 40 50
0 10 20 30 40 50 . .
Osmotic solution flow rate, Q,, ;» (L h'")
(©) Feed flow rate, Qp, (L) (d) '
Fig. 9 Overall mass transfer coefficient as a function of a osmotic solution concentration, C . b feed temperature, T; ¢ feed flow rate, Q; d
osmotic solution flow rate, Q,,

This result summarizes that concentration polarization
effects were observed at high osmotic concentrations.
The effect of concentration polarization in OMD has
already been observed by different authors. For instance,
Ravindra Babu et al. [34] found that concentration polari-
zation hindered the overall mass transfer of high osmotic
solution concentration. Similarly, Li et al. [51] observed a
decrease in the overall mass transfer coefficient with an
increase in the osmotic solution concentration. There-
fore, experimental fluxes were lower than expected ones.

Similarly, it can be observed from Fig. 9c and d, that the
boundary layer thickness (BLT) (m) was reduced signifi-
cantly with an increase in the flow rate for both the cases,
i.e; feed as well as osmotic solution. However, a plateau
reached a flow rate of 12 to 15 L h™! and after that the
BLT became negligible. These results conclude that to
avoid boundary layer effects, a minimum flowrate of 12 L
h~! should be maintained at either side of the membrane
(feed as well as the osmotic solution) under specified
operating conditions for the studied HFMC module.

The effect of feed temperature on overall MTC was
studied for different feed concentrations as shown in
Fig. 9b. It can be seen that overall MTC decreased rap-
idly from 4.0 x 107 to 1.5x 107" m s™! Pa~! when the
feed temperature was increased from 293 to 298 K. This

decrease in overall MTC was probably due to the high-
temperature polarization effect. High water transport
flux was induced because of an exponential increase in
vapor pressure at the feed side, increasing the heat trans-
fer rate and ultimately causing temperature polarization.
The effect of temperature polarization was stronger than
that of concentration polarization because of the expo-
nential curve of vapor pressure. Indeed, the tempera-
ture polarization coefficient calculated for this study was
between 0.14 and 0.20 confirming the presence of tem-
perature polarization, which affects the overall MTC
as well as the water transport flux. Salmén et al. [24]
observed the similar trends in OMD process.

The effect of feed and osmotic solution flow rates on
overall MTC was also studied and shown in Fig. 9c and
d, respectively. The aim was to obtain the flow conditions
at which polarization effects were reduced, and the trans-
membrane water flux was enhanced. The results showed
that at very low flow rates (1.2 L h™') in both cases (feed
and osmotic solution streams), the overall MTC was low,
and hence, boundary layer effects were dominant. How-
ever, as the flow rate was increased to 6 L h™, the bound-
ary layer thickness was reduced and the overall MTC
reached a steady-state value. With a further increase in
the flow rate, no significant change in overall MTC was
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observed, indicating that there was not enough turbu-
lence to reduce the polarization effects.

Membrane area requirements and proposed scaling

up of the process

The linear scale-up proposed here in this study is inspired
by the experimental results of Salmoén et al. [24]. They
studied the salt recovery with a single module as well as
two modules in series and observed similar trends for
water flux as well as MTC. Hence, it was concluded that
linear scale-up was possible. Simulation results from the
model equations as developed in "Theory" section “the-
ory’, a total number of 136 HFMC modules of the same
specifications as described in Table 1 were estimated to
reach the saturation concentration (216 g L™!) in a single
pass stage and for the feed flow rate of 24 L h™’. Like-
wise, the linear scale-up of the process was proposed by
simulating the required membrane area at higher feed
flow rates, which can be considered as industrial waste-
water flow rates. Table 3 summarizes the membrane
area requirements to the concentration of feed until its
saturation for different flow rates. For the highest flow
rate used (2000 L h™1), the required membrane area was
8500 m?, which corresponds to 6100 membrane modules
(based on the effective surface area of a single module 1.4
m?). The space required to install this membrane facility
would be 4.3 m?.

To design the membrane facility to treat these indus-
trial flow rates several possibilities of membrane mod-
ule configurations may be explored such as increasing
the number of fibers or fiber lengths in a single module
(which will certainly change the overall mass transfer
coefficient) or the series/parallel combinations of the
large number of modules having similar size and charac-
teristics as of lab-scale module used as a reference for the
calculation of area. The proposed scale-up approach used
in this research work is based on a linear scale, which
means that the mass transfer coefficient is assumed to
be constant (modules with the same configuration as of
lab-scale connected in series/parallel). For higher flow

Page 14 of 18

rates, it is distributed into different trays connected in
parallel (a single tray consists of 136 modules connected
in series). However, it is important to note that linear
scale-up calculations presented here are for a rough esti-
mation of the membrane area at scale-up conditions.
For example, for practical implementation of the mem-
brane plant setup, several parameters of the system do
change with scaling up, such as lower thermal efficiency,
heat losses, fouling phenomena, that consequently affect
the process energy requirements and thus, the required
membrane area for the particular application. Therefore,
before implementing the OMD for salt recovery these
factors should be considered. Nevertheless, due to the
large specific surface area of HFMC modules (2000 m?
m?), the required volume for membrane installation facil-
ity is small (0.1 m®) in comparison with the conventional
techniques used for inorganic salt concentration or crys-
tallization such as industrial evaporators.

The effect of different conditions like feed concen-
tration, feed flow rates, and feed temperature on the
membrane area was also studied under other operating
conditions. From the results (Fig. 10), it can be seen that
with an increase in feed temperature, the membrane area
can be reduced. Likewise, with an increase in feed flow
rates and feed concentration, the membrane area was
higher as predicted.

Furthermore, the quantitative effect of each parameter
affecting the membrane area was studied using sensitivity
analysis [16]. For each parameter, sensitivity coefficients
were calculated; the results are shown in Table 4. It can
be observed that for feed flow rate variation, the sensitiv-
ity coeflicient was 1, which means a linear increase. For
variation in feed temperature, the sensitivity coefficient
value varied from —1.5 (298 K) to —2.77 (333 K) (the neg-
ative sign indicated an inverse relationship between the
area and the parameter and thus a decrease in the mem-
brane area). This shows a higher impact of feed tempera-
ture, particularly when operating at 333 K. Similarly, the
osmotic solution concentration also had a high impact in
reducing the membrane area, while species concentration

Table 3 Membrane area calculated based on different flow rates. Under conditions: (feed concentration: 100 g L™'; feed temperature:

25 °C; osmotic solution concentration: 300 g L=')

Feed flow rate, Q; (L h™") Membrane area required No. of modules in series (per No. of trays required in Volume
(m?) tray) parallel required on

site (m?)

24 190 136 1 0.1

500 2130 136 11 1.1

1000 4300 136 26 2.1

1500 6400 136 34 3.2

2000 8500 136 45 43
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Table 4 Sensitivity analysis for different operating conditions
Feed flowrate, Q;  Feed conc C;;, Osmotic solution conc  Feed T Sensitivity coefficient
(L h71) (g L71) Cos (g L71) Tfin (K)
Qfo Cfo Cf,sat Cos
2000 50 300 298 —149 1 —0.3 26 -39
2000 50 300 313 —1.72 1 —-03 26 -39
2000 50 300 333 —2.77 1 —0.3 26 -39
2000 100 300 298 —149 1 —09 32 -39
2000 100 300 313 —2.13 1 -09 3.2 -39
2000 100 300 333 —2.77 1 —-09 32 -39
2000 200 300 298 —149 1 —-12 15 -39
2000 200 300 313 —2.13 1 —12 15 -39

in the feed stream had a lower impact at low species con-
centrations (50 g L™!). Based on these results, it can be
concluded that osmotic solution concentration and feed
temperature were the main parameters influencing mem-
brane area requirements and that, to develop a system of
OMD, these parameters need to be properly selected and
optimized.

From the results stated in Tables 3 and 4, it can be
concluded that the space required for the membrane

installation facility was relatively smaller compared to
conventional industrial equipment, even at the indus-
trial flow rates. Nevertheless, membrane area and the
space required for the installation facility can be further
reduced by choosing the optimum operational param-
eters like feed temperature, feed concentration, and
osmotic solution concentration.

OMD becomes a more viable option when the indus-
trial effluents are received from the source at higher



Ahmad et al. Environ Sci Eur (2021) 33:81

temperatures. For instance, for a case study of effluents
coming from gas scrubber, Tun and Groth [52] found
OMD coupled with RO as a practical option to imple-
ment. Similarly, osmotic solution concentration plays
a key role in providing a continuous water transport
flux and is one of the key parameters. Therefore, one of
the important aspects of OMD process viability relies
on the osmotic solution concentration. While con-
sidering treatment of industrial effluents, dilution of
the osmotic solution takes place and thus continuous
regeneration is required, affecting the process costs.
The membrane area calculated in this research work is
based on MTC based on lab-scale experimental results,
and a detailed investigation of the MTC study needs to
be caried out at different levels to observe the changes
in MTC due to scale up. Finally, it is important to study
the economic aspects of OMD process for its large-
scale implementation.

Conclusions

In this research work, the OMD process was studied
through modeling and simulation to recover concen-
trated Na,CO, from wastewater using an aqueous solu-
tion of NaCl as the osmotic solution. The model was
validated with experimental results from the literature
[25] and then was applied to study the effect of dif-
ferent parameters on water flux. For both cases (feed
and osmotic solution concentration runs), simulation
results were in good agreement with the experimen-
tal results with a maximum deviation of 7%. The water
transport flux was decreased by 50% when feed concen-
tration was varied from 50 to 200 g L™1. On the other
hand, the water transport flux was enhanced by 200%,
and the overall MTC was reduced by 40-50%, when
the osmotic solution concentration was increased from
100 to 300 g L. Likewise, the water transport flux was
enhanced when the feed flow rate was increased from
1.2 to 3 L h™! and the temperature was increased from
293 to 313 K. Finally, the scaling up of the OMD for
salt concentration was proposed, and the required area
was estimated for industrial flow rates. OMD can be
a viable process particularly for the conditions where
effluents are discharged at high temperatures. How-
ever, few challenges like membrane fouling and osmotic
solution recovery need to be addressed, and a full eco-
nomic evaluation should be done before its large-scale
implementation. Further, for crystallization of any salt
using MD, long-term stability is a paramount issue, the
crystallized salt needs to be removed before clogging
up modules. Therefore, for continuous operation, a res-
ervoir is required for the removal of salt.
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Abbreviations

a: Activity (-); A: Area (m?); : Characteristic length (m); C: Concentration (g L™);
CPC: Concentration polarization coefficient (-); d: Diameter (m); D: Diffu-

sion coefficient (m? s™'); Q: Flow rate (L h™"); h: Heat transfer coefficient (W
m~2K™"); k: Mass transfer coefficient (m s~' Pa™"); k: Overall mass transfer
coefficient (m s~' Pa™"); v: Molar volume (m> mol™"); x: Mole fraction (-); M:
Molecular weight (kg mol™"); U: Overall heat transfer coefficient (W m=2K="); r:
Pore radius (m); P*: Saturated vapor pressure (Pa); T: Temperature (K); g*: Total
heat transfer (W m™2); Q: Flow rate (L h™"); P:Vapor pressure (Pa); J: Water flux
(Lm™2h™.

Dimensionless numbers
Re: Reynolds number; Sc: Schmidt number; Sh: Sherwood number; Nu: Nusselt
number; Pr: Prandtl number.

Greek letters

@: Packing density; v: Velocity (ms™"); : Viscosity (Pa s); p: Density (kg m=); Qg
Solute-solvent interaction factor (-); T: Tortuosity (-); €: Porosity (-); &: Thickness
(m).

Subscript/superscript
f. Feed; os: Osmotic solution; in: Inlet; sat: Saturation; out: Outlet; m: Mem-
brane; b: Bulk; h: Hydraulic; w: Water; k: Knudsen diffusion.
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